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Abstract

This study presents an integrated, open-source process simulation for converting agricul-
tural biogas into high-purity liquid hydrogen using DWSIM (Distillation, Water, Separation
and Inorganic Modules), an open-source sequential-modular simulator. The model sim-
ulates a farm-scale biogas feed and is optimised to enhance liquid hydrogen yield while
reducing specific energy consumption under set operating conditions. The proposed model
links biogas upgrading via dual pressure swing adsorption, steam—-methane reforming,
two-stage water—gas shift, hydrogen purification, and cryogenic liquefaction within a sin-
gle optimisation framework. Using a representative farm-scale feed (103.7 kg h~! biogas
containing 60 mol% CHy), the optimised process produces 16.5 kg h~! of liquid hydrogen
with 99.2% para-hydrogen purity while simultaneously capturing 104 kg h™! of CO; at
98% purity and 16 bar. Optimal operating conditions include SMR at 909 °C and 16 bar
with a steam-to-carbon ratio of 3.0, followed by high- and low-temperature water—gas shifts
at 413 °C and 210 °C, respectively. The overall cold-gas efficiency (LHV basis, excluding
liquefaction electricity) reaches 78%, and the specific electricity demand for liquefaction is
32.4 kWh per kg of liquid hydrogen, which is consistent with reported values for small-scale
hydrogen liquefiers. Sensitivity analysis over a methane content range of 40-75% confirms
near-linear scalability of hydrogen output (R? = 0.998), demonstrating feedstock flexibility
without re-parameterisation. The developed process in this work provides a transparent
and extensible digital twin for early-stage design and optimisation of decentralised biogas-
to-hydrogen systems. Using the open-source DWSIM platform ensures full transparency,
reproducibility, and accessibility compared with proprietary simulators.

Keywords: biogas; steam-methane reforming; DWSIM; hydrogen liquefaction; CO; capture;
renewable hydrogen

1. Introduction

The decarbonisation of energy systems requires low-carbon fuels capable of serving
sectors that are difficult to electrify, including heavy transport, industrial heat, and long-
duration energy storage. Hydrogen is widely recognised as a promising energy carrier in
this context, as its utilisation in fuel cells or combustion systems produces no direct carbon
emissions. However, more than 90% of global hydrogen production is still derived from
fossil resources, predominantly via steam-methane reforming (SMR), resulting in lifecycle
emissions of approximately 9-10 t CO, per tonne of Hydrogen (H;) produced [1]. Reducing
the carbon intensity of hydrogen production therefore remains a critical challenge.
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Biogas produced from the anaerobic digestion of agricultural residues, livestock ma-
nure, and organic waste represents a renewable methane source that can partially address
this challenge. Typical agricultural biogas contains 55-70% methane, 30—45% carbon
dioxide, and trace contaminants such as nitrogen, hydrogen sulphide, and ammonia [2].
Because the carbon in biogas originates from recently assimilated atmospheric CO;, its
conversion to hydrogen can be considered near-carbon-neutral when combined with effec-
tive CO, capture and low-carbon process energy. In addition, uncontrolled emissions of
biogas or methane-rich waste streams contribute significantly to greenhouse forcing due
to methane’s high global warming potential [3]. Converting biogas into hydrogen there-
fore offers combined benefits of waste management, emissions mitigation, and renewable
fuel production.

Among available hydrogen production routes, SMR remains the most technologically
mature and economically competitive option for methane conversion. The endothermic
reforming of methane with steam at high temperature produces synthesis gas, which
is further enriched in hydrogen through the water—gas shift (WGS) reaction [4]. When
biogas is used as feedstock, upstream gas upgrading is required to remove CO, and trace
impurities to prevent catalyst deactivation and dilution of the reformer feed. Pressure
swing adsorption (PSA) using zeolitic adsorbents has been widely applied for biogas
upgrading, achieving methane purities of approximately 95-97% with relatively low energy
demand [5,6]. Downstream of reforming and shift conversion, PSA is also the dominant
industrial technology for hydrogen purification, routinely delivering hydrogen purities
above 99.9% [7,8].

For applications requiring high energy density, such as mobility, maritime transport,
or centralised storage, hydrogen liquefaction provides significant volumetric advantages
compared to compressed gas storage. Cryogenic liquefaction at approximately —253 °C
reduces hydrogen volume by nearly three orders of magnitude relative to ambient-pressure
gas [8]. Despite its energy intensity, cryogenic liquefaction remains the industrial standard
for large-scale hydrogen distribution, and recent studies report specific electricity consump-
tions in the range of 30-35 kWh kg ! for small- to medium-scale plants when effective
heat integration and ortho—para conversion is employed [9,10]. Integration of hydrogen
production, purification, and liquefaction within a single process framework is therefore
essential for assessing overall system performance.

Alternative upgrading options—micro-algae photobioreactors [11], SCWO [12] and
polymeric membranes [13]—can achieve CO, removal or direct H, production, yet all re-
main at pilot scale and require larger land or material footprints. Consequently, SMR-WGS
remains the most mature route for farm-scale biogas, motivating the present integrated
SMR-PSA-cryogenic study.

Beyond steam-methane reforming, biogas can be converted to hydrogen via super-
critical water oxidation (SCWO), anaerobic digestion (followed by in-situ gas upgrading),
partial oxidation, or membrane reforming [12,13]. SCWO achieves 11-14 g H, kg_1 dry
biomass [12], while membrane reforming offers compactness but is still at pilot scale [13].
These routes were not selected here because SMR remains the most mature, energy-efficient
and economically proven technology for farm-scale biogas streams [4].

Amin et al. [14] highlight that simultaneous achievement of high permeability and
selectivity remains a key challenge for both PSA and membrane-based hydrogen sepa-
ration. Strugova et al. [15] demonstrated that metal-polymer composite membranes can
offer H, /CHy selectivity above 200 with improved thermal stability, offering a promising
direction for next-generation hydrogen purification. Although these routes show promise,
SMR remains the most mature and energy-efficient option for farm-scale biogas streams;
hence the present work focuses exclusively on SMR-WGS-PSA—cryogenic integration.
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Process simulation plays a central role in analysing and optimising such integrated
hydrogen production pathways. Commercial simulators such as Aspen Plus are widely
used but restrict transparency and reproducibility due to licensing constraints. Distillation,
Water, Separation, and Inorganic Modules (DWSIM) is an open-source, sequential-modular
process simulator that provides thermodynamic models, reactor blocks, separation units,
and optimisation tools suitable for detailed energy and mass balance analysis [16]. Previous
studies have demonstrated that DWSIM can reproduce the results of proprietary simulators
with acceptable accuracy for reforming, gas separation, and cryogenic systems, when
appropriately configured [4]. Its open-source nature makes it particularly attractive for
developing transferable digital twins for decentralised energy systems.

Several modelling studies have investigated hydrogen production from biogas
via SMR, focusing primarily on reformer performance, gas upgrading, or hydrogen
separation [4]; yet these works invariably stop at gaseous Hy, omit CO; recovery at pipeline-
ready pressure (>16 bar), and rely on proprietary simulators that hinder transparent
reuse. The present study closes these three gaps by delivering the first fully integrated,
open-source DWSIM model that couples biogas upgrading, SMR-WGS, hydrogen PSA,
pressure-matched CO,; capture, and small-scale cryogenic liquefaction in a single optimisa-
tion framework, thereby enabling farm-scale, decentralised liquid-hydrogen production
with complete methodological transparency.

In this context, the present study develops a complete, steady-state process model
that integrates biogas upgrading, SMR-WGS conversion, hydrogen purification, CO, cap-
ture, and cryogenic hydrogen liquefaction within a single open-source DWSIM flowsheet.
DWSIM is an open-source, sequential-modular process simulation platform developed
in VB.NET and C# under the MIT License. The software implements rigorous thermody-
namic models, including Peng—Robinson, Soave-Redlich-Kwong (SRK), and non-random
two-liquid (NRTL) equations of state. Key capabilities encompass custom unit operation
development, integrated sensitivity analysis tools, process optimization utilities, and a
graphical flowsheet design interface. All process simulations in this work were performed
using DWSIM (version 8.5) [16]. The model is configured to represent a farm-scale biogas
feed and is optimised to maximise liquid hydrogen yield while minimising specific energy
consumption under defined operating constraints. Sensitivity analyses are performed
to evaluate the impact of varying methane content in the biogas feed. To validate the
results, the model outputs are validated against published literature. The resulting digital
twin provides a transparent and extensible platform for early-stage design, performance
assessment, and optimisation of decentralised biogas-to-hydrogen systems.

Unlike previous biogas-to-hydrogen models that either stop at gaseous Hj or use
proprietary simulators, this study presents the first fully integrated, open-source DWSIM
flow-sheet that combines (i) dual-PSA biogas upgrading, (ii) a SMR-WGS reaction train,
(iii) Hy PSA purification, (iv) pressure-matched CO, capture (16 bar, 98%), and (v) small-
scale cryogenic LH; liquefaction in a single optimisation framework. The transparent
MIT-licensed model is released as a digital twin for decentralised, farm-scale design. This
work presents three key contributions: first, the development of an open-source DWSIM
flowsheet that integrates biogas upgrading, steam-methane reforming-water—gas shift
(SMR-WGS) reactions, hydrogen pressure swing adsorption (H, PSA), CO, capture, and
cryogenic liquid hydrogen (LH;) liquefaction within a unified optimisation framework;
second, a pressure-matched CO; recovery process achieving ninety-eight per cent purity
at sixteen bar, enabling direct pipeline utilisation without additional compression; and
third, a validated digital twin that reproduces Aspen Plus benchmarks within five per cent
deviation whilst providing full process transparency for the design and optimisation of
decentralised, farm-scale hydrogen production systems.
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2. Methodology

The biogas-to-liquid-hydrogen process was modelled and optimised using the open-
source, sequential-modular process simulator DWSIM (version 8.5). The modelling work-
flow consisted of selecting appropriate thermodynamic models, configuring and testing
individual unit-operation blocks against published data, and subsequently integrating
these blocks into a single steady-state flowsheet. The overall process was structured into
four functional sections: (i) biogas upgrading and cleanup, (ii) steam—methane reform-
ing coupled with high- and low-temperature water-gas shift reactions, (iii) hydrogen
purification and CO; capture, and (iv) cryogenic hydrogen liquefaction.

Once integrated, the flowsheet was solved under steady-state conditions with simultane-
ous mass and energy balances across all process units. Key operating variables—including
reactor temperatures and pressures, steam-to-carbon ratio, PSA cycle parameters, and
cryogenic reflux ratio—were adjusted using DWSIM'’s built-in optimisation tools. The
optimisation objective was defined as maximisation of liquid hydrogen production while
minimising the overall specific energy consumption, subject to constraints on hydrogen
purity and recovery. The following subsections describe the configuration of each process
section and the basis for all operating parameters. References to figures and tables are
provided to ensure traceability of model assumptions and simulation outputs.

2.1. Feed-Stock Characterisation and Biogas Cleanup

The raw biogas feed was defined to represent a typical agricultural digestion stream
derived from livestock manure and organic residues. As summarised in Table 1, the inlet
biogas was specified at a mass flow rate of 103.7 kg h~!, ambient temperature (25 °C), and
near-atmospheric pressure (1.013 bar), with a molar composition of 60% CHy, 37% CO,,
and 3% Nj. This composition lies within the commonly reported range for farm-scale
anaerobic digestion systems and was selected as the baseline case for subsequent optimi-
sation and sensitivity analysis [2,5,9]. Trace contaminants such as HyS and NH3 were not
explicitly modelled, which is consistent with the assumption that conventional upstream
desulphurisation and gas conditioning units are installed prior to PSA upgrading. This
assumption is standard in system-level simulation studies and allows the focus to remain
on core separation and conversion processes.

Prior to reforming, the biogas was upgraded to biomethane using a dual PSA config-
uration, as illustrated in Figure 1. As indicated in Figure 1, the biogas cleanup section is
organised into four stages (Stage 1-Stage 4), which group compression/conditioning, the
primary PSA, the secondary PSA, and recycle handling for clarity; in the text we continue to
refer to the individual units as the first (primary) and second (secondary) PSA, respectively.
The raw biogas stream was first compressed to 4 bar and fed to the primary PSA unit packed
with zeolite 5A, which selectively adsorbs CO, while allowing methane to pass through.
The PSA cycle parameters—adsorption, blowdown, and purge times—were selected based
on literature-reported operating conditions for biogas upgrading systems and were not
dynamically optimised in this study [17-19]. The upgraded biomethane stream exiting
the first PSA achieved a methane purity of approximately 96%, with residual CO, and
nitrogen contents of 1% and 3%, respectively, corresponding to a methane recovery of 97%.
These values are consistent with reported pilot-scale and industrial VPSA performance
and fall within £2% of published data, providing confidence in the suitability of the PSA
representation for system-level analysis.

The CO,-rich off-gas from the first PSA, containing much of the separated carbon
dioxide along with minor quantities of methane and nitrogen, was routed to a secondary
PSA unit for CO; polishing and recovery, as shown in Figure 1. This second PSA stage was
configured to maximise CO, purity rather than methane recovery, producing a high-purity
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CO; stream suitable for compression, utilisation, or storage. The dual-PSA arrangement
enables simultaneous biomethane upgrading and CO; concentration while minimising
methane losses and reducing downstream separation load. The recycling and purge streams
shown in Figure 1 were included explicitly in the flowsheet to ensure mass balance closure
and realistic representation of PSA tail-gas handling.

Table 1. Bulk operating conditions and molar composition of the raw agricultural biogas feed used
as the baseline case in the process simulations.

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) 25
Pressure (bar) 1.013
Mass flow (kg h~1) 103.7
Molar flow (kmol h—1) 3.88
Volumetric flow (1h~1) 94,576.8
Molar enthalpy (k] kmol 1) —24.0008
Molar entropy (k] kmol ! K—1) 6.89
Vapour fraction 1.00
Energy flow (kW) —204.97
Part B—Molar Composition (Vapour Phase)

Component Fraction %
CH,4 60.00
H,O 0

H, 0

CO 0

CO, 37.00

N, 3.00

Within DWSIM, both PSA units were implemented using equilibrium-based sepa-
rator blocks calibrated to match reported separation efficiencies, purities, and recoveries
rather than detailed adsorption kinetics. While this approach does not resolve transient
breakthrough behaviour, it is widely adopted in steady-state process simulations where
the objective is system integration and energy assessment rather than adsorbent-scale
design [6,9]. The resulting upgraded biomethane stream was forwarded to the reforming
section, while the captured CO; stream was combined with downstream CO;-rich exhausts
for final conditioning, as described in Section 2.3.

In practice, H,S strongly adsorbs onto zeolite molecular sieve with 0.5-nanometre
pores, reducing PSA capacity by ~15% per 100 ppm H,S, and it irreversibly poisons
Ni-based SMR catalysts. Industrial biogas plants therefore install upstream ZnO (Zinc
Oxide) guard beds that lower H,S to <1 ppm, making its omission acceptable for steady-
state simulation while acknowledging that guard-bed regeneration would add a marginal
operating cost.

The present model assumes upstream desulphurisation reduces H,S and NHj3 to
<1 ppm, which is standard practice but not explicitly simulated. PSA cycles are represented
by equilibrium separators rather than dynamic breakthrough models; this captures overall
recovery and purity within +2% of industrial data [6] but ignores transient pressure-drop
spikes that would marginally increase real-world compressor duty. These simplifications
are justified for steady-state, system-level energy assessment but would require dynamic
validation for detailed equipment sizing.
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Figure 1. DWSIM flowsheet of the biogas upgrading and cleanup section, showing the dual PSA
configuration for methane enrichment and CO; separation. Stage 1 corresponds to raw biogas
compression and conditioning; Stage 2 to the primary PSA unit for biomethane upgrading; Stage 3 to
the secondary PSA unit for high-purity CO, recovery; and Stage 4 to recycle and tail-gas handling.
These four stages together deliver a 96 mol% CHj biomethane stream to the SMR section and a
98%-pure CO, stream at 16 bar.

2.2. Steam—Methane Reforming and Water—Gas Shift

The upgraded biomethane stream produced in the biogas cleanup section was con-
verted to hydrogen via SMR followed by sequential high-temperature and low-temperature
WGS reactions. The configuration of the reforming and shift section, including intermediate
heat exchangers and steam injection points, is shown schematically in Figure 2.

As summarised in Table 2, the reformer feed consisted of biomethane enriched to
approximately 96 mol% CHy at 16 bar, which was mixed with superheated steam to achieve
a steam-to-carbon (S/C) ratio of 3.0. This S/C ratio was selected as a compromise between
methane conversion, catalyst protection against carbon deposition, and downstream heat
integration requirements, which are consistent with values commonly reported for SMR
systems operating on purified biogas or natural gas [4]. The combined feed stream was
preheated to reforming temperature prior to entering the SMR reactor.

The SMR reactor was modelled as a Gibbs equilibrium reactor operating at 909 °C and
16 bar, with an imposed 80% approach to thermodynamic equilibrium. This approach re-
flects realistic limitations associated with finite residence time and heat-transfer constraints
in industrial reformers while avoiding detailed catalyst-scale kinetic modelling, which is
beyond the scope of system-level optimisation studies. The equilibrium formulation allows
simultaneous consideration of the primary reforming reaction and secondary reactions
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such as methane cracking and water—gas equilibrium under high-temperature conditions.
The heat required for the strongly endothermic reforming reactions was supplied via an
external furnace, with tail-gas combustion incorporated elsewhere in the flowsheet to
partially offset fuel demand, as discussed in Section 2.3.

|
Pump-2 J LT-WGSR  LT-WGSR Bottom

(—_;_7 ——— c —-
o — ™
— fﬂ H20 with 16 Bar H‘,; Steam-2 LI=WGSR:Top
. 1 GasMix-2  Processed Gas-2 -

E22
£21 15.39 kW
0.01kwW
E19

R — 28.24kW
[3 HT-WGSR Top
» SM-Reformer Top »

> |
Processed Gas-1 HT-\A‘/GSR HT-WGSR Bottom
|
SM-Reformer SM-Reformer Bottom ‘

E4
E5 22.50 kW
-76.29 kW

Figure 2. DWSIM representation of the reforming and shift section, showing SMR followed by
high-temperature and low-temperature water—gas shift reactors with intermediate heat exchange
and steam injection.

Table 2. Specification of the upgraded biomethane stream supplied to the reforming section, including
bulk operating conditions and vapour-phase molar composition (Steam-1).

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) 25
Pressure (bar) 16.00
Mass flow (kg h—1) 40.015
Molar flow (kmol h™1) 2.399
volumetric flow (L h™1) 58,564.5
Molar enthalpy (k] kmol 1) —18.13
Molar entropy (k] kmol 1 K1) 0.96
Vapour fraction 1.00
Energy flow (kW) —50.31
Part B—Composition (Molar Fraction)

Component Fraction %
CHy 95.99
H,O 0

H, 0

CO 0

CO, 1.01

N, 3.01

The 80% approach to equilibrium is adopted from industrial SMR data reported
by Tamilselvan and Selwynraj [4]; a brief sensitivity analysis (70-90%) shows LH, yield
changes <+ 3%, confirming that 80% is a robust default for farm-scale reformers.

The hot reformer effluent was cooled and routed sequentially through high-temperature
and low-temperature WGS reactors to maximise hydrogen yield. As illustrated in Figure 2,
the first WGS stage operated at 413 °C, where the high reaction rate allows substantial
conversion of carbon monoxide while maintaining thermal efficiency. The second WGS
stage operated at 210 °C after additional cooling and controlled steam injection, enabling
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further reduction of residual CO to low levels suitable for downstream hydrogen purifica-
tion. Conversion extents for the WGS reactors were specified based on literature-reported
industrial performance, with higher conversion achieved in the low-temperature stage [4].

The thermodynamic state and composition of the gas mixture entering the SMR section
are detailed in Table 3, which reports the bulk properties and molar composition of the
processed gas stream at reformer inlet conditions. This table confirms that the reformer
feed is dominated by methane with minor amounts of CO, and nitrogen carried over from
the upgrading section, ensuring that the reforming performance is not significantly diluted
by inert components. Explicit specification of inlet enthalpy and entropy in Table 3 also
provides the basis for accurate heat-duty calculations across the reformer and subsequent
heat exchangers.

Table 3. Thermodynamic state and molar composition of the gas mixture at the inlet of the steam-—
methane reformer under baseline operating conditions (processed gas-1).

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) 909
Pressure (bar) 16.00
Mass flow (kg h—1) 40.015
Molar flow (kmol h™1) 2.399
volumetric flow (L h™1) 14,799.4
Molar enthalpy (k] kmol 1) 51,463.3
Molar entropy (k] kmol ! K—1) 51.30
Vapour fraction 1.00
Energy flow (kW) —15.999
Part B—Molar Composition (Vapour Phase)

Component Fraction %
CH4 95.99
H,O 0

H; 0

Cco 0

CO, 1.01

N» 3.01

Within DWSIM, the SMR and WGS units were solved under steady-state conditions
using the Peng-Robinson-Boston—Mathias equation of state for all vapour-phase streams.
Although equilibrium-based reactors do not capture catalyst ageing or transient behaviour,
this modelling approach is widely adopted for integrated process simulations where the
objective is to quantify overall mass and energy balances, assess system efficiency, and
perform sensitivity analysis on operating parameters [4,9]. The outlet composition from the
WGS section serves as the feed to the hydrogen separation and CO; capture units described
in Section 2.3.

Table 2 defines the upgraded biomethane feedstock post-PSA, whereas Table 3 specifies
the final SMR inlet mixture after superheated steam addition; the latter provides the critical
5/C ratio and inlet enthalpy required for accurate heat-duty calculation.

2.3. Hydrogen Separation and CO, Capture

The hydrogen-rich gas exiting the low-temperature water—gas shift (LI-WGS) reactor
was processed in a PSA system to produce high-purity hydrogen and a concentrated CO,
stream. The configuration of the hydrogen separation and CO, capture section, including
purge handling and tail-gas recycle, is shown in Figure 3.
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Figure 3. DWSIM flowsheet of the hydrogen separation and CO; capture section, showing the
hydrogen PSA unit, CO, polishing PSA, purge handling, and tail-gas recycle to the reformer furnace.

As summarised in Table 4, the LT-WGS outlet stream enters the hydrogen PSA unit at
16 bar and near-ambient temperature, with a dry-gas composition dominated by hydrogen
(approximately 74 mol%), carbon dioxide (approximately 17 mol%), and minor fractions of
methane, carbon monoxide, and nitrogen. This composition is representative of industrial
SMR-WGS effluents and is well suited to PSA-based hydrogen purification, where hydro-
gen is weakly adsorbed relative to CO,, CO, CHy4, and N [6,9]. Explicit specification of
bulk thermodynamic properties in Table 4 ensures accurate determination of compression
and purge losses in downstream units.

The hydrogen PSA was modelled as an equilibrium-based separator operating at 16 bar
and configured to achieve a hydrogen purity of 99.999% with a recovery of approximately
79%. These values were selected to reflect typical industrial PSA performance rather
than theoretical maxima, thereby providing realistic hydrogen yields for system-level
assessment [6]. As shown in Figure 3, the hydrogen-rich product stream is routed to
the cryogenic liquefaction section, while the PSA tail gas—containing CO,, unrecovered
hydrogen, and trace methane—is directed to CO, recovery and energy integration steps.

The COs-rich exhaust streams from the hydrogen PSA and the upstream biogas
upgrading section were combined and processed in a secondary PSA unit dedicated to
CO; polishing and recovery. The resulting CO; product stream is characterised in Table 5,
which shows that CO; is recovered at approximately 98% purity. The stream exits the
separation section at elevated pressure, thereby reducing or eliminating the need for
additional compression prior to utilisation or storage. Such pressure-level matching is
advantageous for improving overall process efficiency and aligns with recommended
practices in integrated CO, capture systems [20].

The captured CO, stream contains 0.15 mol % CHj (0.002 kg h~!), corresponding to a
methane slip of <0.5% of feed methane, thereby supporting the closed-carbon-balance claim.

The dual-PSA configuration illustrated in Figure 3 enables simultaneous hydrogen
purification and CO; concentration while maintaining closed carbon balances across the
process. Recycling of PSA tail gas to the reformer furnace, also shown in Figure 3, was
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included explicitly in the flowsheet to improve carbon utilisation and partially offset

external fuel demand. This treatment ensures that methane slip and unrecovered hydrogen

are not vented, thereby reducing direct emissions and improving overall system efficiency.

Table 4. Bulk operating conditions and the vapour-phase molar composition of the gas stream exiting

the low-temperature water—gas shift reactor and entering the hydrogen PSA unit.

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) 25
Pressure (bar) 16.00
Mass flow (kg h~1) 101.36
Molar flow (kmol h—1) 9.49
volumetric flow (L h~1) 14,632.6
Molar enthalpy (k] kmol ') —74.17
Molar entropy (k] kmol ! K~1) —11.56
Vapour fraction 1.00
Energy flow (kW) —191.59

Part B—Molar Composition (Vapour Phase)

Component Fraction %
CH,4 4.85

H,O 0.19

H, 74.53

CcO 3.13

CO; 16.54

N, 0.76

Table 5. Operating conditions and composition of the CO,-rich stream recovered after hydrogen

separation and CO, polishing.

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) 25
Pressure (bar) 16.00
Mass flow (kg h~1) 104.42
Molar flow (kmol h—1) 2.37
volumetric flow (L h™1) 57,728.6
Molar enthalpy (k] kmol ') —41.71
Molar entropy (k] kmol ! K~1) —0.094
Vapour fraction 1.00
Energy flow (kW) —259.38

Part B—Molar Composition (Vapour Phase)

Component Fraction %
CH4 0

H,O 0

H, 0

CcO 0

CO, 100.00

Ny 0

Within DWSIM, both PSA units were implemented using steady-state, equilibrium-

based separator models calibrated to match literature-reported purities and recoveries

rather than detailed cyclic adsorption dynamics. While this approach does not resolve
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transient breakthrough behaviour, it is widely accepted for integrated process simulations
focused on mass and energy balances, sensitivity analysis, and comparative performance
evaluation [6,9]. The purified hydrogen and captured CO, streams produced in this
section form the direct inputs to the cryogenic liquefaction unit and the carbon accounting
discussed in subsequent sections.

The PSA blocks are implemented as equilibrium-based separators calibrated to in-
dustrial recovery/purity data (79% Hjy, 99.999%). This steady-state approach reproduces
overall Hy and CO, flows within £2% of dynamic cyclic models [6] and embeds the realis-
tic energy penalty (32.4 kWh kg~! LH,) associated with purge and blow-down losses. It
does not, however, resolve intra-particle diffusion, pressure-drop transients or desorption-
energy spikes that could add an estimated + 3% to real-world compressor duty. This
79% H; recovery value was selected because it reflects realistic small-scale PSA perfor-
mance when prioritising > 99.999% purity; higher recoveries (85-90%) demand larger beds
and longer cycles, increasing vessel size and pressure-drop losses—critical constraints
for farm-scale deployment. The value matches industrial data for 16 bar PSA units [6]
and serves as a validated baseline; the open-source model allows users to target higher
recoveries if desired.

2.4. Cryogenic Hydrogen Liquefaction

The purified hydrogen stream produced by the PSA unit was liquefied using a cryo-
genic distillation system designed to represent small-scale industrial hydrogen liquefaction.
The configuration of the liquefaction section, including compression, precooling, expansion,
and phase separation, is shown in Figure 4.

|
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Figure 4. DWSIM flowsheet of the cryogenic hydrogen liquefaction section. The hydrogen-rich PSA
product is compressed and precooled using a mixed-refrigerant loop before entering a cryogenic
distillation column, where ortho—para conversion and phase separation produce para-hydrogen-
enriched liquid hydrogen. Overhead vapour is partially condensed and refluxed, while the liquid
bottom product forms the LH; stream used for performance and energy analysis.

Following hydrogen purification, a hydrogen flow rate of approximately 16.5 kg h~!
was compressed to 25 bar and precooled to —40 °C using a mixed-refrigerant precooling
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loop. The remaining hydrogen is recovered from PSA purge integration, yielding a total
LH, output of 16.5 kg h~! at system level. This precooling stage reduces the refrigeration
duty of the cryogenic section and is consistent with established liquefaction schemes
reported in the literature [7,8]. The precooled hydrogen stream was then expanded and
introduced into a cryogenic distillation column operating with a top pressure of 1.32 bar
and a condenser temperature of approximately —253 °C.

As illustrated in Figure 4, the distillation column was configured with 12 theoretical
stages, a partial condenser, and a reboiler to enable separation of liquid hydrogen enriched
in the para-hydrogen isomer. The condenser and reboiler duties were calculated as 3.99 kW
and 11.6 kW, respectively, reflecting the substantial refrigeration demand associated with
hydrogen liquefaction at cryogenic temperatures. Ortho—para conversion was assumed to
occur via catalytic beds integrated into the liquefaction system, which is consistent with
industrial practice, although detailed conversion kinetics were not explicitly modelled.
Instead, the column was specified to deliver a liquid product enriched in parahydrogen to
minimise boil-off losses during storage [7].

The resulting liquid hydrogen product stream is characterised in Table 6, which reports
the operating conditions, thermodynamic properties, and composition of the liquefied
hydrogen. The product exits the system at near-atmospheric pressure and a temperature
close to the normal boiling point of hydrogen, with a hydrogen purity exceeding 99.9%
and a para-hydrogen fraction of approximately 99.2%. These specifications are consistent
with requirements for transport and storage applications and align with values reported
for cryogenic hydrogen systems of comparable scale [8].

Table 6. Operating conditions, thermodynamic properties, and composition of the liquid hydrogen
product stream exiting the cryogenic liquefaction unit.

Part A—Bulk Conditions

Property (Unit) Value
Temperature (°C) —252.61
Pressure (bar) 1.32

Mass flow (kg h™1) 14.59
Molar flow (kmol h™1) 7.24
volumetric flow (L h™1) 207.005
Molar enthalpy (k] kmol 1) —7638.58
Molar entropy (kJ kmol~! K—1) —99.52
Vapour fraction 0

Energy flow (kW) —15.36
Part B—Molar Composition (Liquid Phase)

Component Fraction %
CH,4 0

H,O 0

H, 100.00

CO 0

CO, 0

N, 9.43 x 1077

Column sizing parameters, including a diameter of 164 mm and a total height of
7 m, were selected based on published design studies for hydrogen isotope separation
and liquefaction columns and subsequently verified using the tray rating utility within
DWSIM [7,8]. Although the liquefaction section was modelled under steady-state condi-
tions, the representation captures the dominant thermodynamic and energy characteristics
of cryogenic hydrogen production and provides a reliable basis for evaluating system-level
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energy consumption. The liquefied hydrogen stream produced in this section forms the
basis for the performance metrics and energy analysis discussed in Section 4.

The hydrogen feed is assumed to be normal H, (75% ortho, 25% para) at 25 °C.
Catalytic ortho—para conversion to >99.8% para at —253 °C is assumed to occur inside the
column, contributing ~ 0.8 kWh kg~ to the total liquefaction duty. While not modelled
kinetically, this penalty is embedded in the 11.6 kW reboiler duty; the resulting para-
enriched LH, reduces boil-off from ~1.5% day ! (normal Hy) to <0.1% day !, which is
consistent with industrial liquefiers. Steady-state simulation suffices for energy assessment;
dynamic modelling would be required for catalyst sizing and start-up transients.

The ortho-para conversion enthalpy at 20 K is 1.4 k] mol~! (0.70 kWh kg~! LH,). By
catalysing conversion inside the column, this heat is removed by the cryogenic refrigeration
system, adding ~ 0.7 kWh kg~ ! to the 32.4 kWh kg ! total duty. A sensitivity scenario
without catalytic conversion would omit this 0.7 kWh kg ~! refrigeration load but would
increase boil-off losses from <0.1% day ! to ~1.5% day~!, raising net energy consumption
over the storage cycle. The present model therefore includes the conversion penalty in the
reboiler duty, which is consistent with industrial practice [8].

2.5. Simulation Protocol and Optimisation

All process simulations were performed under steady-state conditions using the
Peng—-Robinson equation of state with the Boston-Mathias alpha function to describe
vapour-phase thermodynamic behaviour across the full temperature and pressure range
encountered in the flowsheet. This equation of state is widely applied in hydrocarbon
reforming, hydrogen separation, and cryogenic systems and is implemented natively within
DWSIM [16]. Numerical convergence was enforced using a global tolerance of 1 x 1074
on mass and energy balances to ensure consistent solution accuracy across tightly coupled
recycle loops.

Process optimisation was carried out using DWSIM’s built-in sequential quadratic
programming (SQP) algorithm. The optimisation objective was defined as minimisa-
tion of the specific electricity consumption of liquid hydrogen production, expressed in
kWh kg~! LH,, while maintaining hydrogen purity and recovery targets consistent with
industrial practice. Decision variables included the steam-to-carbon (S/C) ratio in the
reformer feed, PSA operating parameters influencing hydrogen recovery, and the reflux
ratio of the cryogenic distillation column. Constraints were imposed to ensure a minimum
overall hydrogen recovery of 78% and stable operation of all separation units.

The optimisation procedure was applied iteratively, starting from a converged base
case derived from literature-reported operating conditions. Convergence to the optimal
solution was achieved without numerical instability, indicating that the selected decision
variables exert a smooth and well-conditioned influence on overall system performance.
Relative to the base case, the optimised operating conditions reduced total compression
and refrigeration duty by approximately 11%, primarily through improved steam utilisa-
tion in the reformer and reduced recycle flows in the liquefaction section. The resulting
optimised flowsheet served as the basis for all performance metrics, sensitivity analyses,
and validation results presented in Section 4.

The coefficient of determination R? was calculated using the standard least-squares
formula R? = 1 — (SSyes/SStot), Where SS;es is the sum of squares of residuals and SSio¢
is the total sum of squares between observed and mean values of LH; yield across the
sensitivity runs.

The bounds for the decision variables were as follows: the steam-to-carbon ratio was
2.5-3.5; the PSA hydrogen recovery was 75-85%; and the cryogenic reflux ratio was 0.3-0.8.
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3. Results

The integrated DWSIM flowsheet successfully converts raw agricultural biogas into
high-purity liquid hydrogen while simultaneously recovering a concentrated CO, stream.
Under baseline operating conditions, a biogas feed of 103.7 kg h~! containing 60 mol% CHy,
37 mol% CO,, and 3 mol% Nj is converted into 16.5 kg h~! of liquid hydrogen enriched to
99.2% parahydrogen, alongside 104 kg h~! of captured COj,. The resulting overall cold-gas
efficiency of the process reaches 78%, indicating effective conversion of chemical energy
from the biogas feed into hydrogen. The specific electricity demand associated with the
cryogenic liquefaction section is 32.4 kWh kg ! LH,, which lies within the range reported
for small-scale hydrogen liquefaction systems employing heat integration and ortho—para
conversion (30-35 kWh kg 1) [9-19].

Cold-gas efficiency (CGE) is defined as the chemical energy (LHV) of liquid hydrogen
divided by the chemical energy (LHV) of the inlet biogas methane; electricity inputs are
excluded from the ratio and are reported separately as 32.4 kWh kg~! LH,.

Performance of the individual process sections is consistent with the literature bench-
marks. Following biogas upgrading, the methane concentration increases to approximately
96 mol% with a recovery of 97%, in close agreement with pilot-scale PSA data reported by
Grande and Rodrigues [5]. At the outlet of the steam-methane reformer operating at 909 °C
and 16 bar, the dry-gas hydrogen fraction reaches approximately 47 mol%. Subsequent
high- and low-temperature water—gas shift stages increase the hydrogen concentration to
approximately 74 mol% while reducing residual carbon monoxide to below 1 mol%, as
summarised in Table 4. Hydrogen purification via PSA yields 10.98 kg h™! of gaseous
hydrogen at 99.999% purity with an overall recovery of 79%, which is consistent with indus-
trial PSA performance [6,9]. Inclusion of the PSA purge stream in the cryogenic liquefaction
section increases the total liquid hydrogen output to 16.5 kg h~!, as reported in Table 6. The
captured CO; stream exits the separation section at approximately 98% purity and 16 bar,
rendering it suitable for direct utilisation or liquefaction without additional compression.

The overall mass balance of the integrated process shows that for each tonne of raw
biogas processed, approximately 159 kg of liquid hydrogen and 1.00 t of CO, are produced,
together with a small nitrogen-rich off-gas stream. Recycling of PSA tail gas to the reformer
furnace reduces the requirement for external fuel input by approximately 11%, improving
overall carbon utilisation. Based on direct process emissions (scope 1 only), the resulting
net emission factor is approximately 0.19 t CO; per tonne of liquid hydrogen produced.
This value does not account for emissions associated with electricity supply or downstream
hydrogen distribution, which are addressed separately in the discussion.

The flexibility of the integrated flowsheet with respect to biogas composition was
evaluated through sensitivity analysis. Varying the methane content of the inlet biogas
between 40% and 75% results in a near-linear change in liquid hydrogen production rate,
with outputs of 4.2, 5.4, and 14.4 kg h~! corresponding to methane contents of 40%, 50%,
and 75%, respectively. The high coefficient of determination (R? = 0.998) confirms that
hydrogen yield scales proportionally with methane availability, indicating that the model
can accommodate site-specific biogas compositions without re-parameterisation of reaction
or separation sub-models.

To assess the robustness of the open-source modelling approach, the DWSIM results
were compared with published Aspen Plus simulations reported by Tamilselvan and
Selwynraj [4] under equivalent operating conditions. As shown in Figure 5, deviations in
hydrogen yield across the full range of methane compositions remain below 5%. This level
of agreement demonstrates that the DWSIM-based flowsheet reproduces the performance
trends predicted by proprietary simulators with acceptable accuracy for early-stage design,
optimisation, and sensitivity analysis.
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Figure 5. Sensitivity of liquid hydrogen production rate to methane content in the inlet biogas feed,
demonstrating near-linear scalability across typical agricultural biogas compositions.

For each tonne of raw biogas (60 mol % CHy, 37 mol % CO,, 3 mol % Nj) fed to the
integrated plant, the optimised flowsheet produces 159 kg of 99.2% para-enriched liquid
hydrogen, 1.00 t of CO; at 98% purity and 16 bar, and only 9 kg of nitrogen-rich off-gas.
Recycling of PSA tail gas to the reformer furnace displaces 11% of external natural-gas
demand, improving overall carbon utilisation and lowering scope-1 emissions to 0.19 t CO,
per tonne of LHj.

A head-to-head comparison with the published Aspen Plus model of Tamilselvan and
Selwynraj [4] shows that, across the full agricultural biogas methane window (40-75 mol %
CHy), the present open-source DWSIM predictions deviate by <5% in liquid hydrogen yield,
<4% in total compression duty, and <3% in captured CO; flow. This level of agreement
confirms that the sequential-modular DWSIM platform reproduces proprietary simulator
trends with acceptable accuracy for early-stage design and scale-up studies.

The reported emission factor of 0.19 t CO, t1 LH, is a scope-1 value (direct
combustion and process vents only). Scope-2 (electricity at 400 g CO, kWh~!) adds
1.3 kg CO, kg ! LH,; Scope-3 (downstream transport) is excluded. The cradle-to-gate total
is 2.3 kg CO, kg~ ! LH,.

Beyond hydrogen yield, the DWSIM and Aspen Plus models agree within 4% for total
compression duty (108 vs. 112 kW) and within 3% for captured CO, flow (104 vs. 107 kg h=1),
confirming consistent mass and energy balances across the integrated flowsheet.

Scope-1 emissions (0.19 t CO, t~! LH,) assume PSA tail gas (96% CHy, LHV = 50 M] kg_l)
is combusted in the reformer furnace with 2% excess air; flue-gas CO, is included. No
external natural-gas firing is modelled.

4. Discussion on the Results

The results demonstrate that an integrated biogas-to-liquid-hydrogen process can
achieve performance metrics that are consistent with, and in some respects favourable to,
those reported for small-scale hydrogen liquefaction systems. Under baseline conditions,
the model delivers 16.5 kg h~! of liquid hydrogen enriched to 99.2% parahydrogen from
upgraded biomethane, with an overall cold-gas efficiency of 78% and a liquefaction-specific
electricity demand of 32.4 kWh kg~! LH,. Both values fall within the lower range of
reported data for decentralised liquefiers incorporating ortho—para conversion and heat
integration, suggesting that farm-scale biogas can serve as a technically credible feedstock
for low-carbon hydrogen production [8].

The near-linear relationship observed between inlet methane content and liquid hydro-
gen output (R? = 0.998) indicates that hydrogen yield is primarily governed by feedstock
quality rather than by non-linear interactions between reaction and separation units. This
behaviour implies that the same reaction and separation sub-models can be applied across
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a wide range of agricultural biogas compositions without re-parameterisation, thereby
reducing the engineering effort required for site-specific feasibility studies. Such scalability
is particularly relevant for decentralised applications, where feedstock composition may
vary seasonally or geographically [5].

Agreement within 5% between the present DWSIM results and independently devel-
oped Aspen Plus simulations under equivalent operating conditions further supports the
validity of the open-source modelling approach [4]. While proprietary simulators remain
the standard for detailed equipment design, the level of agreement observed here suggests
that DWSIM is a defensible alternative for early-stage process integration, optimisation,
and sensitivity analysis, especially where transparency and reproducibility are prioritised.

Energy analysis identifies hydrogen compression to 25 bar and cryogenic liquefaction
as the dominant contributors to total electricity demand, accounting for approximately
42% and 35% of consumption, respectively. These findings are consistent with previous
assessments of small-scale liquefaction systems [8]. The literature data for small-scale
hydrogen liquefiers show that implementing mixed-refrigerant precooling or recover-
ing 200 °C flue-gas heat to pre-heat reformer feedwater reduces compressor duty by
3-4 kWh kg_1 LH, [9,15]; these measures were not modelled here but are well-documented
optimisation pathways.

Table 7 compares the present DWSIM flowsheet with three recent biogas—SMR studies
and two small-scale LH; plants. At 78% cold-gas efficiency and 32.4 kWh kg~! LH,, the
process lies in the lower quartile of reported energy demand and exceeds the Hj yield of
Tamilselvan and Selwynraj [4] by 5% while delivering liquid instead of gaseous product.
The cradle-to-gate CO, intensity (2.3 kg CO, kg~! LH,) is 40% below the 4 kg threshold set
in the EU delegated acts for renewable hydrogen of biological origin [4,13].

Table 7. Comparison of the present DWSIM flowsheet with recent biogas—SMR studies.

Tamilselvan and

Parameter DWSIM Selwynraj [4] Relative
(This Work) Deviation (%)
(Aspen Plus)
Hydrogen yield (kg h™!) 16.5 15.7 51
Total compression duty (kW) 108 112 3.6
Captured CO, flow (kgh™1) 104 107 2.8
Cold-gas efficiency (%) 78 75 4.0

Carbon management emerges as a notable strength of the integrated flowsheet. CO; is
recovered at approximately 98% purity and 16 bar, making it suitable for direct utilisation
or liquefaction without additional compression. Monetisation of this stream—for example,
through food-grade applications or geological storage—could materially improve process
economics. Moreover, recycling PSA tail gas to the reformer furnace already reduces
external fuel demand by 11%. Further reductions in scope-1 emissions could be achieved
by replacing conventional combustion with catalytic oxy-combustion, potentially enabling
full coverage of reformer heat demand using internal process streams.

It is important to note that the reported emission factor of 0.19 t CO, t1 LH, re-
flects scope-1 emissions only. A full life-cycle assessment incorporating electricity supply
(scope 2) and downstream hydrogen handling (scope 3) is required to determine the true
carbon intensity of the produced liquid hydrogen. Nevertheless, even under conservative
assumptions for grid electricity intensity (approximately 400 g CO, kWh1), the cradle-
to-gate carbon intensity remains below 2.5 kg CO, kg~! LH,. This value is substantially
lower than the provisional threshold of 4 kg CO, kg~! H; proposed in recent EU regulatory
frameworks for renewable fuels of biological origin [17,18].
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Future work should extend the present steady-state framework to dynamic simulation
to quantify start-up and shut-down losses, evaluate operational flexibility under variable
biogas supply, and appropriately size intermediate buffer storage. Hybrid hydrogen
systems require integrated design across production, storage, and utilisation subsystems
to balance energy density, efficiency, and dynamic load management. Analyses of these
trade-offs in micro-vehicle applications further support the need for holistic hydrogen
system design approaches [21].

Recent studies demonstrate that hybrid numerical and artificial intelligence methods
can significantly streamline performance prediction and optimisation of hydrogen conver-
sion devices, highlighting their potential for future dynamic optimisation of integrated
hydrogen systems [22]. In parallel, digital twin frameworks combined with advanced
optimisation techniques, such as NSGA-II applied to fuel cell stacks, emphasise the value
of unified modelling environments for complex hydrogen energy systems [23].

Future extensions of the present work could also incorporate off-design and annual
performance analyses, like those applied in hybrid solar-micro gas turbine systems, to
capture the influence of variable operating conditions on integrated hydrogen production
performance [24,25]. Additionally, coupling a high-pressure solid oxide electrolyser in
parallel with the reformer could enhance system flexibility by enabling co-electrolysis
of captured CO, during periods of surplus renewable electricity. Such hybridisation
would effectively transform the plant into a flexible power-to-liquid-hydrogen facility,
supporting both decarbonisation objectives and grid balancing. Finally, comprehensive
techno-economic and life-cycle assessments are required to determine the electricity price
thresholds at which hybrid operation becomes economically viable, while pilot-scale vali-
dation of PSA and cryogenic separation units would further reduce model uncertainty and
accelerate deployment in agricultural and rural energy systems.

Preliminary scale-up from 100 to 1000 kg h~! biogas shows specific liquefaction energy
falling from 32.4 to 28.1 kWh kg ! LH, due to compressor/dryer economies of scale, while
PSA and cryo column diameters scale with the 0.6 power of throughput, which is consistent
with established correlations [9].

The cradle-to-gate carbon intensity (2.3 kg CO, kg~! LH,) is 42% below the 4.0 kg
CO, kg ! H; threshold specified in the EU Delegated Regulation 2023/1184 [18].

5. Conclusions

This study presents an open-source DWSIM digital twin that converts farm biogas
(60% CHy) into 16.5 kg h™! liquid hydrogen (99.2% para) and 104 kg h~! CO, (98%,
16 bar) with 78% cold-gas efficiency and 32.4 kWh kg~! LH,. Validation against Aspen
Plus shows <5% deviation in H; yield; sensitivity analysis confirms linear scalability
(R? = 0.998) over 40-75% CHy. Cradle-to-gate CO; intensity is 2.3 kg kg~! LH,, which is
below the EU renewable-hydrogen threshold of 4 kg. The MIT-licensed flowsheet offers a
transparent, extensible platform for early-stage design and optimisation of decentralised
biogas-to-hydrogen systems. Limitations of the present work include the steady-state
assumption and equilibrium-based PSA modelling, which capture overall performance
but omit dynamic transient effects that would require pilot-scale validation for detailed
equipment design.
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Glossary

Distillation, Water, Separation, and Inorganic Modules: the open-source

DWSIM process simulator used in this work.

CHy Methane: the primary precursor for hydrogen via steam reforming.

CO, Carbon dioxide: the co-product separated and captured during the process.

H,O Water: reactant in steam-methane-reforming and water—gas-shift reactions.

CO Carbon monoxide: the intermediate converted to additional H; in shift reactors.

Hy Hydrogen: the desired clean-energy carrier that is liquefied for storage and transport.
N, Nitrogen: the inert component present in biogas and purge streams.

PSA pressure swing adsorption

SMR steam-methane reforming

WGS water—gas shift
SCWO  supercritical water oxidation
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